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� A CSTR model considering the content
distribution is established.

� The solid phase is treated as a mixture
of a series of solid species with
different coke contents.

� This approach requires 36% more
computation time compared with the
previous study.

� The predictions of reaction quantities
are improved using this approach.
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In the methanol-to-olefins (MTO) process, coke deposition is closely related to the selectivity of light ole-
fins. Previous simulations of different-sized MTO reactors using two-fluid model (TFM) combined with
the EMMS (energy minimization multi-scale)-based drag well predict the hydrodynamic behaviors but
poorly predict the product distribution of large reactors due to the unreasonable prediction in coke dis-
tribution. In this study, the TFM integrated with the EMMS-based drag is still employed, but the solid
phase is treated as a mixture of a series of species with different coke contents. Because the coke content
depends on the age of catalyst particles inside the reactor, a continuous stirred tank reactor (CSTR) model
mimicking turbulent fluidization while considering the age distribution of catalysts is established to pre-
dict the initial coke distribution for speeding up simulation. Compared with the previous simulation
without consideration of coke distribution, this approach increases the computational time by a factor
of 36% and shows no influence on hydrodynamic predictions, but the reaction quantities such as metha-
nol conversion, mass fractions of gaseous products and selectivity of light olefins, are better predicted.

� 2018 Elsevier Ltd. All rights reserved.
1. Introduction 2017), thus diversifying the production of light olefins and mak-
The methanol-to-olefins (MTO) process creates a new route to
produce light olefins such as ethylene and propylene (Tian et al.,
2015). Methanol can be readily obtained from oil and non-oil
feedstock including coal and natural gas (Amghizar et al.,
ing the MTO process attractive, especially in China. At present,
there are several successful MTO techniques brought into
stream, such as the processes developed from Dalian Institute
of Chemical Physics (DICP), SINOPEC, UOP and ExxonMobil
(Keil, 1999, Chen et al., 2005, Tian et al., 2015, Ye et al., 2015),
respectively. In 2010, the World’s first commercial unit (1800
kt/a methanol feedstock) using the DICP’s MTO (DMTO) tech-
nique was successfully operated in Baotou plant of Shenhua
group (Tian et al., 2015). The MTO process is expected to be
the primary route for producing light olefins in the future.
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Nomenclature

C concentration, mol/L
CD0 standard drag coefficient for an individual particle
dp particle diameter, m
g gravitational acceleration, kg/m2/s
Gs mass flow rates of the recycled catalysts, g/s
HD heterogeneity index
ki reaction rate constant, L/(gcat�s)
M molecular weight, g/mol
p pressure, Pa
Q volumetric flow rate of gas phase, L/s
Ri reaction rate, g/(gcat�s)
u real velocity, m/s
v stoichiometric number
wc coke content, g/100gcat
Y mass fraction

Greek letters
b drag coefficient with structure in a control volume, kg/

(m3�s)
C interphase mass transfer, kg/m2/s
e volume fraction
l viscosity, Pa�s
q density, kg/m3

s stress tensor, N/m2

u deactivation function
g methanol conversion

Subscripts
g gas phase
s solid phase
i, j lump in reaction kinetics/interval
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The design of the MTO process originates from the concepts of
modern fluid catalytic cracking (FCC) units, but it has distinctive
characteristics (Ye et al., 2015), taking the DMTO process as an
example: first, the SAPO-34 catalysts used in MTO have much
smaller pores (<2 nm) than the zeolite Y catalysts in FCC, so the
coke deposition which could decrease the pore size shows a close
relation to the selectivity of ethylene (Li et al., 2016); second,
because long residence time of catalysts (on the order of tens of
minutes) is required to achieve the optimum coke content, dense
fluidized bed such as a turbulent bed is preferred in the MTO pro-
cess while a riser reactor is often used in modern FCC units. Hence
optimization of the current MTO technology calls for further fun-
damental research to fully understand the hydrodynamics and
reaction behaviors in the reactor.

In early research, classic reactor models were widely applied to
describe the simplified hydrodynamics (Bos et al., 1995,
Schoenfelder et al., 1996, Soundararajan et al., 2001, Alwahabi
and Froment, 2004, Kaarsholm et al., 2010). Alwahabi and
Froment (2004) coupled chemical kinetics with three reactor mod-
els (the multi-tubular quasi-isothermal reactor model, multi-bed
adiabatic reactor model and bubbling fluidized bed model) sepa-
rately to search for the optimal reactor type. Soundararajan et al.
(2001) employed a core-annulus two-phase model with a lumped
kinetic model to investigate the reaction performance. Generally,
reactor models have been found to be suitable for predicting mean
quantities and steady state behaviors. In recent years, the rapidly
developing Computational Fluid Dynamics (CFD) has been exten-
sively used to investigate complex hydrodynamics and reactions
in fluidized beds. Chang et al. (2013) applied the TFM with a
lumped kinetic model to simulate a small fast bed reactor and ana-
lyzed the effects of operating conditions including gas velocity,
solid circulation rate, temperature and coke content. Zhuang
et al. (2014) employed the discrete particle model (DPM) and the
kinetic model of Bos et al. (1995) to simulate a very small two-
dimensional (2D) reactor and obtained detailed hydrodynamic
quantities. Zhao et al. (2013) used the TFM and the EMMS/bubbling
drag to simulate a demo-scale DMTO turbulent reactor and found a
good prediction in pressure distribution. Zhu et al. (2016) re-
simulated this turbulent reactor by changing the drag model and
studied the effects of reaction kinetic models on the results. These
studies are more focused on model validation.

To further develop and optimize the MTO process, DICP cooper-
ated with Institute of Process Engineering (IPE) to conduct a series
of CFD simulations of DMTO reactors ranging from the micro to
commercial scale. Simulations of different-sized reactors pose a
big challenge to CFD modeling in the following aspects: (i) because
DMTO reactors are operated at dense fluidization with long resi-
dence time, even simulations using coarse-grid resolution require
formidable computational cost. Hence speeding up the simulation
is very necessary; (ii) because the flow regime changes from the
bubbling fluidization to turbulent fluidization on upscaling the
DMTO reactor (Tian et al., 2015, Lu et al., 2017), these changes
should be taken into account in drag modeling which is a key factor
of CFD simulations of fluidized beds (Li & Kwauk, 2003, Yang et al.,
2003, Wang & Li, 2007, Stroh et al., 2016, Kraft et al., 2017, Luna
et al., 2017); (iii) the chemical kinetic model was obtained from
experiments on the micro-scale reactor (Ying et al., 2015, Yuan
et al., 2017), so the applicability of this model to simulations of lar-
ger reactors having different hydrodynamic behaviors needs to be
further investigated. Lu and coworkers conducted a series of
researches (Lu et al., 2016, 2017, Luo et al., 2017): first, a
continuous-stirred tank reactor (CSTR) model was established to
predict mean coke content. It was found that using the mean coke
content as the initial value, the reactive simulation of a pilot-scale
bubbling fluidized bed can quickly reach the pseudo-steady state
(Lu et al., 2016); second, the EMMS/bubbling model which is more
suitable for bubbling fluidization was extended to a two-step ver-
sion whose heterogeneity index depends on both voidage and slip
velocity. The relevant simulations show a weak dependence on
grid size and better predictions for the turbulent fluidized bed
(Luo et al., 2017); third, a series of simulations of different-sized
DMTO reactors were conducted by using the TFM and the two-
step drag model in conjunction with the lumped kinetics from
the experiments on the micro-scale reactor. It was found that
hydrodynamic behaviors in these MTO reactors are successfully
captured, but there is a big discrepancy between reaction quanti-
ties from simulations and experimental data for large reactors
(Lu et al., 2017).

Ye et al. (2015) reported that there is a wide distribution of coke
content in large MTO fluidized bed reactors because of the signifi-
cant circulation of catalysts and the formation of meso-scale struc-
tures, whereas our previous work (Lu et al., 2017) predicted
uniform coke distribution in the reaction zones of large reactors.
Lu et al. (2017) pointed out that the coke content depends closely
on the residence time of catalysts, while the TFM simulation aver-
ages different coke contents in a computational cell and is thus
unable to capture the realistic change of coke content.

In this study, we aim to improve the reactive simulations of
large MTO reactors by differentiating catalysts with different coke
contents under the TFM framework. The basic governing equations
and chemical kinetic model are first presented. Then a CSTR model
is extended by considering the age distribution of catalysts to



Table 1
Operating conditions of the demo-scale DMTO reactor.

Parameters Value

Temperature, K 773
Gauge pressure at top exit, MPa 0.103
Inflow rate of methanol, kg/h 2032
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estimate the distribution of coke content which is then set as the
initial condition of CFD simulations. The parameter analysis with
emphasis on solid species number is conducted, followed by a
comparison of experimental data and simulation results of hydro-
dynamics and product distribution. Finally, conclusions and future
work are provided.
Inflow rate of steam, kg/h 610
Fresh catalyst inflow rate, kg/h 351
Catalyst inventory in the reaction zone, kg 501
2. Experimental setup

The geometry of the demo-scale DMTO reactor with a methanol
feed of 16 kt/a is shown in Fig. 1. The reaction zone is 4.0 m high
and 1.25 m in I.D., which is operated in turbulent fluidization
and equipped with a water cooling jacket to maintain relatively
constant temperature (around 773 K). The gas distributor at the
bottom of the reaction zone has small nozzles pointing upward
and thus allows the gas stream to enter the reaction zone at high
velocity. The upper enlarged region with a height of 2.62 m is the
freeboard/disengaging zone. Below the distributor is the stripper
for discharging spent catalysts. The catalyst inlet is located in the
center of the reaction zone has the diameter of 0.1 m. The main
stream of reactants (methanol and steam) flows into the reaction
zone below the distributor with a total flow rate of 2642 kg/h
(2032 kg/h for methanol and 610 kg/h for H2O). Fresh catalysts
are fed into the reactor zone with a flow rate of 351 kg/h. A series
of reactions take place once the reactants contact with catalysts.
The coke is then generated and affects the reaction rate. The
Fig. 1. The schematic diagram of a demo-scale DMTO fluidized bed: ① inlet for
methanol and steam; ② outlet for gaseous products; ③ inlet for fresh catalyst; ④
discharge for spent catalysts.
gaseous products are released from the top outlet for further sep-
aration and purification. The spent catalysts are discharged from
the bottom of the stripper and then transported to the regenerator
for restoring the activity. Density and mean diameter of the cata-
lyst particles are 1500 kg/m3 and 97 lm, respectively. Table 1 sum-
marizes the operating conditions.

3. Hydrodynamic models and simulation setup

3.1. Governing equations

The two-fluid model is used to describe the hydrodynamics of
gas-solid fluidization, and ANSYS Fluent�version 15 (ANSYS,
2013) is employed as the solver. Relevant governing equations
are as follows:

The continuum equation (q = g, s; p = s, g) is

@

@t
ðeqqqÞ þ r � eqqquq

� �
¼ Cpq � Cqp; ð1Þ

where uq is the velocity of phase q and Cpq is the mass transfer term
from the phase p to phase q.

Momentum conservation equations are

@

@t
egqgug

� �
þr � ðegqgugugÞ ¼ �egrpþr � sg þ egqgg þ Fd

þ ðCsgusg � CgsugsÞ; ð2Þ
and

@

@t
ðesqsusÞ þ r � ðesqsususÞ ¼ �esrp�rps þr � ss þ esqsg

� Fd þ ðCgsugs � CsgusgÞ: ð3Þ
The stress tensor is expressed by

sq ¼ eqlq½ruq þ ðruqÞT � þ eq kq � 2
3
lq

� �
r � uqI: ð4Þ

where the solid pressure ps, solid viscosity ls and solid bulk viscos-
ity ks are commonly closed by the Kinetic Theory of Granular Flow
(KTGF) (Gidaspow, 1994). usg and ugs are velocities at the gas–solid
interface. If Csg > 0, usg = us, else usg = ug; likewise, If Cgs > 0, ugs =
ug, else ugs = us. The interaction force mainly refers to the drag force
in gas-solid fluidization, so Fd is expressed by (ug-us)b where b
denotes the drag coefficient employing the following expression,

b ¼ 3
4
Cd0

qs 1� esð Þesjug � usj
dp

e�2:65
s HD: ð5Þ

In the above, HD is the heterogeneity index accounting for the
effects of meso-scale structures and defined by b/b0 (b0 refers to
the drag coefficient for homogeneous fluidization, employing the
Wen and Yu correlation) (Wang & Li, 2007). HD is determined by
the EMMS/bubbling model (Hong et al., 2013) in EMMS�2.0 soft-
ware, and relevant formula can be found in Lu et al. (2017).

Species transport equation (q = g, s; p = s, g) is

@

@t
ðeqqqYq;iÞ þ r � ðeqqquqYq;iÞ ¼ �reqJq:i þ eqRq;i þRþ eqSq;i; ð6Þ
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where Jq,i is diffusive flux of species i in phase q, Rq,i the homoge-
neous reaction rate of species i in phase q, R the heterogeneous
reaction rate and Sq,i is the source term accounting for other contri-
butions or reactions. Because relatively constant temperature
(around 773 K) is maintained in this DMTO reactor, isothermal sim-
ulations are thus employed and the energy conservation equation is
not considered.

3.2. Chemical kinetics

In the MTO process, there exist a variety of reaction pathways
among reactants, intermediates and different product components
(Lesthaeghe et al., 2007). To facilitate the practical application,
Ying et al. (2015) proposed a simplified lumped chemical kinetics
involving seven parallel reactions between methanol (MeOH
denotes methanol in their model) and seven product lumps (i.e.
CH4, C2H4, C3H6, C3H8, C4, C5 and coke). In simulation, C5 and C4

are represented by C5H10 and C4H8, respectively. The reactant
H2O does not explicitly appear in this parallel reaction network,
but its contribution is included in rate laws.

The reaction rate Ri (i = CH4, C2H4, C3H6, C3H8, C4, C5 and coke) is
written by (unit: g/gcat/s)

Ri ¼ v ikiuiCMeOHMi: ð7Þ
The consumption rate of methanol is given by

RMeOH ¼ �
X7
1

v ikiui

 !
CMeOHMMeOH: ð8Þ

The generation rate of H2O is

RH2O ¼
X7
1

v ikiui

 !
CMeOHMH2O: ð9Þ

where vi is stoichiometric number (i = 1, 1/2, 1/3, 1/3, 1/4, 1/5, 1/6),
and ki (L/gcat/s) is the rate constant, which varies with temperature,
as provided in Table 2. CMeOH (mol/L) denotes the concentration of
methanol, and M (g/mol) is molecular weight of each lump.

The deactivation function due to the formation of coke is
expressed by

ui ¼
A

1þ BexpðD� ðwc � EÞÞ expð�aiwcÞ; ð10Þ

where A = 1, B = 9, D = 2 and E = 7.8, determined by experiment, and
ai is the fitting parameter. The quantities at other temperatures are
obtained by linear interpolation and extrapolation. Here, the chem-
ical parameters at 773 K are treated equal to those at 763 K.

3.3. CSTR-estimated initial coke distribution

The mean residence time of catalyst particles in MTO reactor is
about 1.43 h, and more than 1.43 h operation is generally required
to achieve a relatively steady operation. Our previous study (Lu
Table 2
Reaction rate constant ki and the fitting parameter ai at different temperatures.

Reaction Rate constant ki (L/gcat/s)

723 K 748 K 763

1 0.00232 0.00300 0.00
2 0.10030 0.12463 0.15
3 0.15817 0.16212 0.19
4 0.03699 0.03467 0.04
5 0.07519 0.07910 0.09
6 0.05159 0.04895 0.04
7 0.05436 0.05859 0.07
et al., 2016) indicated that the simulation of a pilot-scale MTO
reactor starting with fresh catalysts could take more than one year
to arrive at the steady state on our parallel computers (2CPUs per
node, intel-Xeon 2.8G, 10 cores). Therefore, in order to shorten the
transitional time from the initial state to the steady state of CFD
simulations, we try to establish a reactor model to predict a rea-
sonable coke distribution as the initial distribution of coke in
CFD simulations.

For any catalyst particle, the generation of coke deposition on
its surface can be written by

dwcðtÞ
dt

¼ Rcoke � 100; ð11Þ

where wc is the coke content of a catalyst particle (g/100gcat) and
Rcoke is the reaction rate of coke. The multiplier of 100 is used to bal-
ance the units of both sides of this equation. Substituting Eq. (7) of
Rcoke into Eq. (11), we obtain

dwc

dt
¼ vcokekcokeucokeCMeOHMcoke � 100: ð12Þ

On the right hand side (RHS) of Eq. (12), vcoke and Mcoke are con-
stants, and k can be also treated as a constant for isothermal sim-
ulations. Thus, only the deactivation function u and methanol
concentration CMeOH vary with position and time.

Letting C0 represent the constant part of Eq. (12), i.e.
C0 ¼ vcokekcokeMcoke � 100 and substituting Eq. (10) into Eq. (12)
yields

1
A
1þ BexpðD� ðwc � EÞÞ

expð�aiwcÞ dwc ¼ C0CMeOHdt: ð13Þ

Integrating with the limit that at t = 0, then wc = 0, we obtain

1
ai

ðexpðaiwcÞ � 1Þ þ B
expðDEÞðDþ aiÞ ðexpððai þ DÞwcÞ � 1Þ

¼ AC0t
1
t

Z t

0
CMeOHdt: ð14Þ

The local methanol concentration at any instant in time is not
easily accessible. As a first approximation of a turbulent reactor,
1
t

R t
0 CMeOHdt can be considered equal to the methanol concentration

which is averaged over the whole reaction zone (Li et al., 2015),
CMeOH. Then, Eq. (14) can be rewritten as

1
ai

ðexpðaiwcÞ � 1Þ þ B
expðDEÞðDþ aiÞ ðexpððai þ DÞwcÞ � 1Þ

¼ AC0tCMeOH: ð15Þ
Consequently, the coke content wc is a function of the age of

catalyst particles and the average methanol concentration, i.e.
wc ¼ wcðt;CMeOHÞ. Because we employ the CSTR model to represent
the macroscopic mixing behavior of this DMTO reactor, the age dis-
tribution of catalyst particles inside a CSTR (Li et al., 2015) can be
expressed by
ai

K 723 K 748 K 763 K

501 0.0576 0.0649 0.043
413 0.0914 0.1008 0.0982
234 0.1743 0.1996 0.2017
252 0.3462 0.406 0.4099
094 0.2575 0.2924 0.2929
895 0.3759 0.3495 0.3336
432 0.3817 0.3856 0.3793
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IðtÞ ¼ 1
s
e�t=s: ð16Þ

The average coke content can be related to the age distribution of
catalyst particles as

wc ¼
Z 1

0
wcðt;CMeOHÞIðtÞdt; ð17Þ

where CMeOH falls in the range (CMeOH,in, CMeOH,out). The average coke
content wc can be also determined by using the molar balance
equations of the CSTR (Lu et al., 2016) as follows.

The coke balance is

Gswc;in þ IsRc ¼ Gswc: ð18Þ
The balance between the reactants and gaseous species is

QinCj;in þ IsRj

Mj
¼ QoutCj: ð19Þ

The overall concentration of all gaseous species is

X
Cj ¼ P

1000RT
: ð20Þ

where Gs (g/s) represents the mass flow rates of catalysts through
the system, Is total catalyst inventory (g) and Q (L/s) is the volumet-
ric flow rate of gas phase, respectively. Because the reactions do not
greatly change the mean molecular weight of the gas phase, the vol-
umetric inflow rate is approximately equal to the volumetric out-
flow rate. The constant pressure and temperature are employed,
and the subscript j denotes all the gaseous species. In the CSTR
model, the concentrations of all the species at the exit are the same
as those in the reactor. Therefore, if knowing operating parameters
and product distribution at the exit, the average coke content wc

can be obtained solving Eqs.(18)–(20), i.e. 7.41 g/100gcat. The distri-
bution of coke content is then calculated in MATLAB by resolving
Eqs. (15)–(17) with the input parameter, wc (�7.41 g/100gcat). As
illustrated in Fig. 2, the coke content ranges from 0 to 9.2 g/100gcat,
and the value near 8 g/100gcat has the biggest probability of
presence.

3.4. Simulation settings

In this study, two-dimensional (2D) simulations are employed
because the primary quantities from 2D simulations are very close
to those from 3D ones (Zhu et al., 2016). The gas distributor is sim-
plified in 2D simulation and the gas inlet is directly set at the upper
plane of the distributor, as in the simulation performed by Zhao
Fig. 2. The distribution of coke content predicted by the CSTR model.
et al. (2013). The solid volume fraction and superficial gas velocity
in the reaction zone in 2D simulations are kept the same as in prac-
tical operation. The fresh catalysts are fed into the reactor through
the inlet labeled ③ in Fig. 1 and the spent catalysts are discharged
from the bottom outlet labeled ④. The bottom outlet is also pre-
scribed as the velocity inlet, but the velocity of spent catalysts is
against the main gas flow. The top exit for releasing gaseous pro-
duct is prescribed as pressure outlet. To maintain a constant solid
inventory, the solid particles exiting the reactor are monitored and
returned to the reactor through the inlet of fresh catalysts. Actu-
ally, the solid particles are barely carried out of the reactor because
the design of the expanded disengaging bed dramatically reduces
the entrainment of particles.

Gambit�2.4 is employed to generate the grids. The main reac-
tion zone and the expanded sedimentation bed use the square
grids with size of 0.01 � 0.01 m and 0.015 � 0.015 m, respectively.
Other regions such as the distributor zone employ triangle grids.
The total grid number is 84977. The same reactor was simulated
by Zhu et al. (2016) where the effects of grid size on 2D simulations
were investigated. Because the grid size used in this study is smal-
ler than the finest grid size in Zhu et al. (2016), the grid-
dependence test is not repeated here. The time step is 5 � 10�4 s,
and the superficial gas velocity is about 1 m/s. Therefore, the Cour-
ant number is in the range [0.03–0.05], as recommended by Zhu
et al. (2016).

The gas phase is treated as a mixture of nine species (CO2,
CH4, C2H4, C3H6, C3H8, C4, C5, H2O and methanol). Note that
CO2 is introduced intentionally as an ‘‘inert” gas to improve
the numerical stability. The physical properties of these nine
species can be obtained from database of NIST (http://web-
book.nist.gov/chemistry) and Aspen�Plus. Due to the strong
macroscopic flow in the reactor, the difference in diffusivity
of different gaseous species can be almost neglected, so the
mass diffusion coefficients for all gas species are set to be
equal. Because the coke deposition on the catalysts is closely
related to the selectivity of light olefins while does not virtually
affect the hydrodynamic behaviors of particles, the catalysts
with different coke contents are differentiated only in the spe-
cies transport. Here, the solid phase is set to have N + 1 catalyst
species with different coke contents (in this study, N = 5, 10, 15
and 20) where the first solid species refer to the fresh catalysts
with the initial mass fraction of zero, and the other N species
have their respective coke content. The mass fractions of these
N solid species are determined by dividing the coke content in
the range [0, 9.2] (shown in Fig. 2) into N equal parts and cal-
culating the area of each interval below the curve. The coke
content of each interval is prescribed as the arithmetic mean.
The mass variation of all the species is expressed in the form
of source terms of species transport equation, therefore the
terms R and R in Eq. (6) are actually not used. Other settings
are listed in Table 3.

4. Results and discussion

4.1. The effect of solid species number

Large species number means higher accuracy but also higher
computing demand. Therefore, we first compare four cases with
different solid species number (i.e. N = 5, 10, 15 and 20) and then
determine the suitable setting for further discussion.

The variation of solid volume fraction in the main reaction zone
with increasing species number, N, is monitored and presented in
Fig. 3. At the beginning period, the solids concentration fluctuates
differently with varying N. However, after a period of time, i.e. 50 s,
the solids concentrations of four cases level off and their averages
are close to one another.

http://webbook.nist.gov/chemistry
http://webbook.nist.gov/chemistry


Table 3
CFD simulation settings.

Pressure-velocity Coupling Phase Coupled SIMPLE

Gradient discretization Green-Gauss Cell Based
Momentum discretization Second-order upwind
Volume fraction discretization QUICK
Wall boundary No-slip
Granular temperature Algebraic
Granular viscosity Gidaspow
Granular bulk viscosity Lun et al.
Frictional viscosity Schaeffer
Frictional pressure Based-ktgf
Angel of internal friction 30.0007
Solid pressure Lun et al.
Radial distribution Lun et al.
Restitution coefficient 0.9
Friction packing limit 0.61
Packing limit 0.63
Time step (s) 0.0005
Max iteration of one time step 40

Fig. 4. The axial profiles of mean solids concentration in the reaction zones of four
cases (The y origin denotes the position of the upper plane of the distributor).

Fig. 5. Variation of mean coke content in the main reaction zone with time.
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The comparison of mean solids concentration for four cases is
illustrated in Fig. 4. Four axial profiles nearly overlap. They show
a very dense bottom, especially in the vicinity of the gas distributor
and almost no particles above the position of ‘‘0.4” are detected.
Both Figs. 3 and 4 indicate that considering the distribution of coke
content has almost no influence on the prediction in macroscopic
hydrodynamics.

As the coke content is closely related to the reaction rate, we
investigated the reaction-related quantities in the following.
Fig. 5 shows the variation of mean coke contents with time for
all four cases. For N = 5, the predicted mean coke content is signif-
icantly larger than those of the other three cases. The other three
cases provide similar results, and the curves of N = 15 and N = 20
nearly overlap. Fig. 6 presents the instantaneous distribution of
mass fraction of methanol. The four cases show different instanta-
neous distributions of methanol, but all reveal that most of metha-
nol is consumed in the vicinity of the distributor and only a little
methanol remains above the height of 1 m. The distributions of
time-average mass fraction of methanol for four cases which are
provided in the supplementary material, are very similar.

All the simulations were conducted on our parallel computers
by employing 24 processes (CPU E5-2692 v2). We compared the
run time for all four cases together with the simulation without
consideration of coke distribution, as shown in Fig. 7. The first case
(dubbed TFM-A) also uses the combination of TFM and the EMMS/
bubbling drag model while considers the average coke content for
the catalysts, as in our previous study (Lu et al., 2016, 2017).
Fig. 3. Solid volume fraction of in the main reaction zone versus time.
Compared with our previous simulation approach (TFM-A in
Fig. 7), all the other cases considering the coke distribution spend
more time to achieve the pseudo-steady state. For a run simulating
the realistic process for 1 s, the run time increases with N. Based on
these results, we selected N = 15 for further study.

4.2. Distribution of coke content

Fig. 8 presents the distribution of coke content at the initial
state and after an elapse of 70 s. Because the coke generation rate
is extremely low, the evolution of 70 s results in only a minor
change in the coke distribution. Although these results cannot
directly indicate that the initial distribution obtained from the
CSTR model is close to the pseudo-steady coke distribution, we will
check the relevant reaction quantities in the following to prove the
rationality of this coke distribution.

It is found from Fig. 8 that catalyst particles with lower coke
content occupy a relatively low percentage but their impact on
the overall reaction rate seems not negligible because increase in
the coke content will suppress the reaction. Thus, when the tem-
perature and the methanol concentration are kept constant, only
the coke content plays a role in reaction rate. The contribution of
each coke interval to the overall reaction rate on the basis of the
Faver average is presented in Fig. 9. It is evident that the catalyst



Fig. 6. Instantaneous distribution of mass fraction of methanol on the axial cross section.

Fig. 7. The required time for simulating a realistic process for 1 s. Fig. 8. Coke content density distribution.

Fig. 9. The contribution of each interval to the overall reaction rate.
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particles with lower coke content have marked influence on the
overall reaction rate. This also demonstrates that considering the
distribution of coke content rather than using average coke content
is much reasonable to predict the reaction quantities.

4.3. Gaseous products

Fig. 10 presents the instantaneous distributions of the reactant,
methanol and the primary product, ethylene (the figure of time-
average value is provided in the supplementary material). For the
reactant (methanol), compared with the left hand side (LHS) case
without considering the coke distribution, the RHS case reveals
more consumption of methanol in the vicinity of the gas distribu-
tor. The methanol conversions for two cases are then calculated, i.e.
94.72% for LHS case and 97.23% for RHS case. With considering the
coke distribution, the simulation predicts higher methanol



Fig. 10. Instantaneous distribution of mass fraction of methanol and ethylene on the axial cross section (TFM-A: without consideration of coke distribution; this approach:
considering coke distribution with the number of solid species N = 15).

Fig. 11. Mass fraction of gaseous product obtained from CFD simulation and
experiment (the mass fractions are normalized after removing H2O, methanol and
CO2).

Table 4
Comparison of simulation predictions and experimental data (the mass fractions are norm

Parameters Exp. TFM-A

YCH4 (%) 3.22 3.02
YC2H4 (%) 41.47 53.93
YC3H6 (%) 37.48 31.21
YC3H8 (%) 2.21 1.36
YC4(%) 10.24 7.50
YC5 (%) 5.37 2.99
Y(C2H4+C3H6) (%) 78.95 85.14
C2H4/C3H6 1.11 1.73
wc (g/100gcat) 7.70 7.44
gMeOH (%) 99.97 94.42
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conversion, closer to the experimental value of 99.97%. The present
discrepancy is probably attributed to the fact that the 2D geometry
reduces the mixing to some extent. For the primary product (ethy-
lene), the case considering the coke distribution predicts lower
ethylene concentration. This is due to the fact that the catalysts
with lower coke deposition allow more gaseous products diffusing
out of the catalysts and hence lowering the selectivity of ethylene.

The mass fractions of all the gaseous products provided by
experiment and simulations are illustrated in Fig. 11. If we use
the previous TFM approach without consideration of coke distribu-
tion, the ethylene is highly over-predicted and the propylene is
under-predicted. When differentiating the catalyst particles with
different coke contents, the predictions in gaseous products are
greatly improved. More quantitative comparisons are given in
Table 4. It can be seen that the sum of C2H4 and C3H6 predicted
by this approach is approximately 80%, very close to the experi-
mental value of 79%. The ratio of C2H4 to C3H6 is reduced from
1.73 to 1.38 by using this approach. The present deviation from
the experiment (C2H4/C3H6�1.1) needs further research on the
chemical kinetics.
alized after removing H2O, methanol and CO2).

Error (%) This approach Error (%)

6.21 2.34 27.28
30.05 46.36 11.80
16.73 33.67 10.16
38.46 2.71 22.51
26.76 10.29 0.53
44.32 4.62 13.93
7.84 80.03 1.37
55.86 1.38 24.05
3.38 7.50 2.60
5.76 97.23 2.74
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5. Conclusions and future work

A CSTR model considering the residence time was established to
predict both the mean value and distribution of coke content. Then,
the solid phase was considered to consist of a series of species to
differentiate the catalyst particles with different coke contents
under the TFM framework. A 2D demo-scale MTO reactor was sim-
ulated and solid species number was chosen to be 15 for further
study. Compared with our previous simulation without considera-
tion of coke distribution, this approach incorporating the coke dis-
tribution requires 36% more computational time and shows almost
no influence on predictions in hydrodynamic behaviors, but the
reaction quantities such as methanol conversion, mass fractions
of gaseous products and the selectivity of light olefins, are better
predicted. Discrepancies in predictions of ethylene and propylene
are probably attributed to the use of the chemical kinetics based
on the experiments over a micro-scale fluidized bed.
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